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ABSTRACT

Techniques are developed for estimating activity profiles in
fixed bed reactors and catalyst deactivation parameters from operating
reactor data. These techniques are applicable, in general, to most in-
dustrial catalytic processes. The catalytic reforming of naphthas is
taken as a broad example to illustrate the estimation schemes and to
signify the physical meaning of the kinetic parameters of the estimation
equations. The work is described in two parts. Part I deals with the
modeling of kinetic rate expressions and the derivation of the working
equations for estimation. Part II concentrates on developing various
estimation techniques.

Part I: The reactions used to describe naphtha reforming are
dehydrogenation and dehydroisomerization of cycloparaffins; isomeriza-
tion, dehydrocyclization and hydrocracking of paraffins; and the
catalyst deactivation reactions, namely coking on alumina sites and
sintering of platinum crystallites. The rate expressions for the above
reactions are formulated, and the effects of transport limitations on
the overall reaction rates are discussed in the appendices. Moreover,
various types of interaction between the metallic and acidic active
centers of reforming catalysts are discussed as characterizing the dif-
ferent types of reforming reactions.

Paxt Ll: In catalytic reactor operation, the activity dis-
tribution along the reactor determines the kinetics of the main reaction
and is needed for predicting the effect of changes in the feed state and

the operating conditions on the reactor output. In the case of a
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monofunctional catalyst and of bifunctional catalysts in limiting con-
ditions, the cumulative activity is sufficient for predicting steady
reactor output. The estimation of this cumulative activity can be car-
ried out easily from measurements at the reactor exit. For a general
bifunctional catalytic system, the detailed activity distribution is
needed for describing the reactor operation, and some approximation
must be made to obtain practicable estimation schemes. This is
accomplished by parametrization techniques using measurements at a few
points along the reactor. Such parametrization techniques are illus-
trated numerically with a simplified model of naphtha reforming.

To determine long term catalyst utilization and regeneration
policies, it is necessary to estimate catalyst deactivation parameters
from the current operating data. For a first order deactivation model
with a monofunctional catalyst or with a bifunctional catalyst in
special limiting circumstances, analytical techniques are presented to
transform the partial differential equations to ordinary differential
equations which admit more feasible estimation schemes. Numerical
examples include the catalytic oxidation of butene to butadiene and a
simplified model of naphtha reforming. For a general bifunctional
system or in the case of a monofunctional catalyst subject to general
power law deactivation, the estimation can only be accomplished
approximately. The basic feature of an appropriate estimation scheme
involves approximating the activity profile by certain polynomials and
then estimating the deactivation parameters from the integrated form
of the deactivation equation by regression techniques. Different

bifunctional systems must be treated by different estimation algorithms,
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which are illustrated by several cases of naphtha reforming with dif-

ferent feed or catalyst composition.
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1. INTRODUCTION

Catalysts lower the activation energy barrier of a reaction
without any effect on the overall free energy change of the reaction.
As a result, under given operating conditions, they usually serve the
purpose of promoting reactions which otherwise are slow, or do not
proceed at all. The catalyst can also influence product distribution
and, in some cases, slow down certain undesired reactions. Thus, the
objective of utilizing catalysts in a chemical process is both to
increase the yield and to enhance the selectivity.

Catalyst deactivation has been the subject of many recent
investigations. Primary interest has been focussed on the determina-
tion of optimal operating and regenerating policies, e.g., references
[1,2,3,4,5]. Such optimization studies are open loop in the sense that
they predict the catalyst activity distribution along the reactor on
the basis of an a priori deactivation model. The optimal policies
derived in this manner are usually subject to errors due to the varia-
tions in the deactivation parameters as a result of changes in
deactivation conditions. To provide a closed loop feedback of the
information about catalytic behavior of the system, it is essential to
estimate the catalyst activity distribution directly from the operating
data. Based upon the estimated activity profile, operating conditions
can be adjusted appropriately and the deactivation model can be
updated periodically. Prompted by these considerations, the present
work is concerned particularly with the estimation of catalyst activity

profiles and deactivation parameters from current operating measurements.
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On the other hand, the scheme for optimizing the operating and
regenerating policies of a catalytic reactor may be of steady state
or of dynamic nature. Steady state optimization seeks to adjust the
operating conditions in accordance with the current distribution of
catalyst activity without considering a deactivation model. There-
fore, the estimation of catalyst activity profiles is required for
short term optimization of catalytic reactor operations. Appropriate
estimation schemes are presented in Chapter 6 and by Gavalas et al.
[6]. A dynamic optimization takes into consideration both operating
conditions and deactivation, and thus requires a deactivation model.
An appropriate kinetic model of deactivation would be a differential
equation describing the change in catalyst activity in terms of the
local activity, temperature, and concentrations. Based upon this
deactivation model and the conservation equations of mass and energy,
a dynamic optimization can be carried out to determine catalyst
utilization and regeneration policies. To carry out long term system
optimization, it is thus essential to estimate the kinetic parameters
of the catalyst deactivation model. The proposed estimation schemes
for monofunctional and bifunctional catalysts are discussed in Chapter
7 and Chapter 8, respectively, and by Gavalas et al. [7].

The estimation techniques presented in this work are all based
on operating reactor data, which are available in reality as thermo-
couple recording of temperature and gas chromatographic analysis of
concentrations at the reactor exit or at several points along the
reactor. These measured states are coupled with the catalyst activity

through the conservation equations. Estimates of activity profiles
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and deactivation parameters can thus be obtained by minimizing the
error between predicted and measured operating data. For a bifunctional
catalytic system, the determination of operating and regenerating
policies generally requires the knowledge of the detailed activity
profiles for which observations at an infinite number of positions
along the reactor would be required in principle. However, in reality,
only a limited number of temperature and concentration measurements are
available. Therefore, approximation must be used to obtain practicable

estimation schemes with a reasonable amount of operating data.

As will be described in the text, the plug flow equations of fixed
bed reactors consist of a set of quasi-linear hyperbolic partial differ-
ential equations. Several studies have been made for parameter estimation
in partial differential equations, e.g., Seinfeld et al. [8,9.10], Pell
and Aris [11]). However, for systems of partial differential equations
such as those encountered in this study and for more than one parameter,
the computational requirements of implementing an estimation algorithm
become prohibitive. Therefore, alternative estimation methods which uti-
lize special features of the pertinent partial differential equations
must be sought. For the special cases where the declining catalyst acti-
vity is uniform along the fixed bed, the estimation of deactivation
parameters has been discussed by Gavalas and Seinfeld [12]. The present
work extends their study to the generalized cases of position-dependent
catalyst deactivation and of bifunctional catalysts. For monofunc-
tional catalytic systems, analytical techniques are presented to

transform the partial differential equations to ordinary
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differential equations which admit more feasible estimation schemes.
For certain limiting cases of bifunctional catalytic systems, the
transformation with the help of approximations may still be possible.
However, in general, a transformation cannot be carried out for a
bifunctional catalyst. Estimation of deactivation parameters in this
case is accomplished through approximating the activity profile with
certain polynomials and then estimating the deactivation parameters
from the integrated form of the deactivation equation by regression
techniques. The estimation techniques used in ordinary differential
equations are not discussed in this work as they constitute a well-
studied topic in the literature. The essential and novel aspects of
Part II are: the reduction of the parameter estimation for fixed bed
reactors, described by partial differential equations, to one involving
ordinary differential equations and the delineation of approximations
and types of measurement required in each class of problems.

In order to carry out the above estimation, a set of system
equations is always necessary. To describe the estimation schemes con-
sistently and effectively it is desirable to deal with a concrete
catalytic process, and preferably a real industrial process. This
process should contain more than one catalytic deactivation phenomenon
and include several individual reactions to be of sufficiently broad
scope. On the other hand, the process should be approximately des—
cribed by relatively simple kinetic models so that the estimation tech-
niques can be demonstrated clearly. The catalytic reforming of naphtha
is chosen in this study as it possesses the above desirable properties.

However, it should be kept in mind that the proposed estimation schemes
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are applicable to most other catalytic processes.

One of the important refinery processes for the production of
high-octane gasoline is naphtha reforming, which employs metallic-
acidic bifunctional catalysts. In order to derive the system equations
for naphtha reforming, the modeling of the pertinent reaction rates
and the derivation of catalyst deactivation equations have to be per-
formed first. Therefore, Part I of this work deals with the kinetic
modeling of catalytic naphtha reforming and two catalyst deactivating
mechanisms, namely coking on alumina active centers and sintering of
platinum particles. Moreover, a fundamental basis for general
catalytic rate expressions is discussed qualitatively in the beginning
of Part I to provide a consistent background for the derivations. The
effect of transport limitations on the overall reaction rates is dis-
cussed in the appendices.

For the convenience of readers, this work is presented in two
parts which are complete in themselves and may be referred to indepen-
dently. Nevertheless, an understanding of the modeling described in
Part I is important for the application of the proposed estimation
schemes to other processes, and consequently a complete reading of both

parts is strongly recommended.
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PART I

MODELING OF CATALYTIC NAPHTHA REFORMING PROCESSES
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2. BASIS OF KINETIC EXPRESSIONS FOR CATALYTIC REACTIONS

Description of Catalytic Kinetics of the Main Reactions in Terms of

Active Site Densities

Despite various arguments concerning the nature of catalyst
activity in terms of surface imperfections and geometric and electronic
factors [13,14,15,16,17,18], the assumption of active sites as a repre-
sentation of catalyst activity is a working one in catalysis. In
general, the active sites of a catalyst include sites that are either
unoccupied or are reversibly occupied by reactants, products, inter-
mediates, or poisons.

A catalyst may contain sites of different types or strengths,
characterized by different kinetic parameters. The density of active

sites of ith type or ith strength will be denoted by s, , its asso-

1
ciated vector of kinetic parameters by Py - In general, the intrinsic
rate of a heterogeneous catalytic reaction has a form
r' = £(s,p,x) (2.1)

where x 1is a state variable vector whose components are

concentrations and temperature, i.e., x = (cl,°--,cN,T)

s 1s a vector of the densities of active sites of different
strengths or types

p 1s a compound vector whose components are P, the kinetic
parameter vectors

Consider monofunctional catalysts first. The intrinsic reaction

rate due to active sites of kilnetic parameter vector is propor-

Py

tional to the density of active sites of that kind, s, ,

under the



-
following assumption, according to Gavalas [19]:
There is no interaction between species adsorbed on
neighboring sites. This requires that no elementary step
involves more than one site and that the kinetic param-

eters do not depend on surface coverage.

Therefore, the overall rate of an intrinsic reaction is the summation
over all sites of different strengths
k

r' = 8.f (o, %) (2.2)
jZl b o A

Assuming that the surface is uniform or more generally that the rela-
tive densities of sites of different strengths do not depend on the

extent of deactivation, expression (2.2) can be simplified to

r' = sf(p,x) (2:3)

Now for a uniform polyfunctional catalyst of n different types,
the intrinsic reaction is catalyzed by a portion or all of n types

as

r' = f(sl,---,sm;pl,"'.pm;X) sy m<n (2.4)

Note that a uniform bifunctional catalyst could have more than two
types of active sites. Again, for a uniform surface with no interac-
tion between: neighboring occupied sites, the factorization of site den-
sities is justified and

m

I syf (pysx) , m<n (245}
i=1
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The equations describing a chemical reactor are formulated in
terms of global pseudo-homogeneous rates. In the absence of transport
limitations the global rate is proportional to the intrinsic rate. In
the presence of transport limitations the separability of s no longer
holds, and one must consider the distribution of site density inside
the catalyst pellet. Under certain limiting conditions (see [6]) the
following modified separable form for the global reaction rate is

justified
r = ¢(s) £(p,x) (2.6)

Throughout the main chapters of this work, the following three

assumptions are adopted in expressing the overall reaction rates:

(1) The reaction is rate determining.

(ii) The surface is uniform. Non-uniform surfaces often
behave as uniform, as reported by Halsey [20] and
Boudart [21] so that this assumption may often be

quite good.

(iii) There is no interaction between species adsorbed on

neighboring sites.

As far as the concentration dependence in a catalytic rate
expression is concerned, the reaction rate can usually be expressed as
a product of powers of the concentrations. The Langmuir-ginshelwood
type equations describing the kinetics of heterogeneous catalytic reac-
tions are not separable with respect to the concentration terms.
However, as observed by Weller [22] and Kabel [23], many such reactions

can be reasonably well represented by the simpler power expressions.

Indeed, they found that in some cases the power model gave a better fit
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of the data than the Langmuir-Hinshelwood model. Theoretical justifi-
cation for these findings was given in the work of Kwan [24], Ozaki,

Taylor and Boudart [25], and Temkin and Pyzhev [26].

General Description of Catalyst Deactivation

The mechanisms contributing toward catalyst deactivation are
coking, sintering, retardation, sublimation, and poisoning, where the
poison may be the result of feed impurities, reaction products, or
reaction intermediates. As far as a single active site is concerned,
the deactivation taking place by combination with a deactivating
species may occur either instantaneously or gradually. Moreover,
there are two possible types of instantaneous deactivation. The active
site of one type loses its activity completely as a whole, while that
of the other reduces its activity only partially to a lower value. In
this work the former case of abrupt deactivation is considered for
simplicity. Most of the models of catalyst deactivation available in
the literature are also limited to this type of instantaneous loss of
activity. On the other hand, the deactivation by gradual loss of
activity, which may be characterized by a continuous change of kinetic
parameters in the deactivation model, is too complicated for the pur-
poses of analysis.

In general, the rate of catalyst decay depends on the catalyst

and fluid conditions in a nonlinear fashion

d
3 = 8(s,a0%) (2:%)

where q 1s a vector whose components are the deactivation parameters.

Here and throughout the rest of this work surface uniformity is
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assumed for simplicity. An additional assumption required for simpli-
fication of the general expression (2.7) is that each site deactivates
independently of its neighbors.
Wojciechowski [27,28] first proposed a simple adsorption con-

trolled deactivation

dg .
e - kds (2.8)

A more general separable model was proposed by Szepe and Levenspiel

[29,30] to describe many cases of catalyst deactivation

ds _ _ v m
r kd(T) s (2.9)
where : kd(T) =‘kd exp(—Ed/RT) (2.10)

m , a non-negative constant, is called the deactivation order

Ed is called the activation energy for catalyst decay so
that the vector of deactivation parameters q consists
of kd, m, Ed :

In this work a more complex deactivation model which includes a concen-

tration dependent term is used

%%- = —kd exp(—Ed/RT) s o (x) (2:12)

where ¢(x) is usually in its simplest form, a power function.
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3. NATURE OF BIFUNCTIONAL CATALYSTS AND CATALYTIC

REACTIONS IN NAPHTHA REFORMING

Literature Review of Bifunctional Catalytic Reforming Reactions

Excellent reviews of both the theoretical and practical aspects
of bifunctional catalysis have been given by Ciapétta et al. [31],
Weisz [32], Haensel [33], Sinfelt [34], and Thomson and Webb [35].
While other examples of bifunctional catalysis are known [36], the
application in catalytic reforming is by far the-best known and the
one in which most research work has been done. Recently an updated
review of the chemistry involved in catalytic reforming was presented
by Pollitzer and co-workers [37]. A valuable description of industrial
naphtha reforming processes and proven catalysts was given by Thomas
[38].

Sinfelt et al. [39] and Lyster et al. [40] have investigated
independently the kinetics and mechanism of n-pentane isomerization
over a platinum reforming catalyst. Sinfelt and co-workers [41,42]
also carried out studies on the role of dehydrogenation activity in
the isomerization and dehydrocyclization of hydrocarbons. Nix and
Weisz [43] studied the hydrocarbon reaction path with dual functional
catalyst component mixtures. The dehydrogenation of cycloparaffins
has been studied by several workers. Among them, Jenkins and Thomas
[44], Ross and Valentine [45] looked into the kinetics, Graham et al.
[46] set up a transport controlled model, and Hawthorn et al. [47]
presented a mathematical model for packed bed reactors. The kinetics

of catalytic dehydrocyclization of n-paraffins has been investigated
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by Davis and Venuto [48] o&er "nonacidic" supported platinum catalysts,
while Rohrer and co-workers [49] carried out a study over regular
platinum reforming catalysts. The article by Langlois and Sullivan
[50] serves as a good review for the chemistry of catalytic hydro-
cracking of hydrocarbons over various catalysts. The kinetics of
n-heptane hydrocracking were discussed by Myers and Munns [51].

Industrial reports on the reactions involved in catalytic
reforming have been given by several workers. Hettinger et al. [52]
discussed thoroughly the effects of certain catalyst properties and
poisons in the reforming reactions, Donaldson et al. [53] studied the
dehydrocyclization in reforming, Heinemann et al. [54] examined the
reforming of hydrocracked naphthas, Beyler et al. [55] investigated
the aromatization in reforming, and a review on the overall reforming
reactions was given by Hatch [56]. Flow charts and some economic or
technical data on industrial reforming processes appeared in

Hydrocarbon Processing [57,58,59,60,61]. Information on the thermo-

dynamic properties of hydrocarbons can be obtained from Rossini et al.

[62].

Description of Bifunctional Reforming Catalysts

The bifunctional catalysts consist of a metallic hydrogenation-
dehydrogenation component, for example platinum, palladium, or nickel,
supported on an oxide acidic component such as alumina or silica-
alumina. The catalysts frequently contain a small amount of halogens,
such as chlorine or fluorine which serve as effective promoters for

acid-catalyzed reactions. However, in this work, only pure platinum

on alumina catalyst is considered for simplicity.
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The amount of platinum present is commonly within the range of
0.3 to 1.0 wt. %Z in the form of fine dispersion on an acidic alumina
(y or n) . The aluminas commonly used have surface areas in the
range of 150 to 300 m2/gm, corresponding to average pore radii of 60
to 30 angstroms. The reforming catalysts used commercially are in the
form of cylindrical pellets about 1/16 X 1/8 inch in size. One common
method of preparing such a catalyst involves impregnation of alumina
with chloroplatinic acid, followed by calcination in air at tempera-
tures in the range 550 to 600°C.

The degree of platinum dispersion in reforming catalysts must be
large, for on freshly prepared catalysts, hydrogen chemisorption is
extensive; it amounts to about one hydrogen atom per platinum atom
[63]. Thus if the platinum is in crystallite form, it must have a
crystal size of about 10 angstroms.

The alumina support has been shown to be acidic in nature. An
acid is defined as a species capable of accepting electron pairs (Lewis
acid definition) or as one capable of donating protons (Brgnsted acid
definition). The solid state structure of alumina is reminiscent of
organic polymers in the sense that one or more characteristic groups
(e.g., an alumina atom coordinated with four or six oxygen atoms) are

linked and repeated in two-dimensional or three-dimensional networks.

Description of Catalytic Reforming Reactions

Some of the typical reforming reactions catalyzed by platinum
on alumina catalysts, along with specific examples of each are listed

below:
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(i) Dehydrogenation of cycloparaffins to aromatics

Methylcyclohexane > Toluene + 3H2

> Benzene + 3H

Cyclohexane )

(ii) Dehydroisomerization of alkylcycloparaffins to aromatics

Methylcyclopentane > Benzene + 3H

2

(iii) 1Isomerization of alkylcycloparaffins to cycloparaffins

Methylcyclopentane > Cyclohexane

(iv) Isomerization of n-paraffins to branched paraffins

n-heptane > iso-heptane

n-hexane ——> iso-hexane
(v) Dehydrocyclization of paraffins to aromatics

n-heptane —> toluene + 4H2

N-hexane > benzene + 4H2

(vi) Hydrocracking to low molecular weight paraffins

n-heptane + H2 > butane + propane

n-hexane + H2 > 2 propane

Of all the reactions taking place in catalytic reforming, the dehydro-
genation of cycloparaffins to aromatics occurs by far the most readily.
Isomerization reactions also occur readily, but not nearly as fast as
dehydrogenation of cycloparaffins. The reactions of dehydrocycliza-
tion and hydrocracking, generally occur at much lower rates. The

improvement of the octane number in commercial gasoline arises from
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the formation of aromatics, and to a lesser extent from isomerization

of straight-to-branched chains and cracking of high molecular weight

fractions.

General Aspects of Reaction Mechanisms

Ciapetta [31] observed that olefins were isomerized over
nickel-silica—-alumina catalysts at appreciably lower temperatures than
were the corresponding saturated hydrocarbons and suggested that ole-
fins were intermediates in the reaction. Sinfelt et al. [39] and
Weisz [32] confirmed experimentally the existence of olefin intermedi-
ates via gas phase in trace concentrations corresponding to equilibrium.

Ciapetta [31] also suggested that the rearrangement of the car-
bon skeleton took place via a carbonium ion mechanism. A carbonium ion
refers to a hydrocarbon carrying a positive charge on one of its carbon
atoms. The formation of carbonium ions from neutral olefins requires
the availability of protons, or other carbonium ions.

The mechanisms involved in the reactions of a complex reforming
process can be classified into the following four categories, according
to how the two catalytic functions of catalyst are utilized:

(i) Dehydrogenation of cycloparaffin to aromatics requires

the dehydrogenation metal function only.

(ii) Hydrocracking can take place either on platinum sites
or on acidic sites [51], once the olefin intermediates

are formed.

(iii) Isomerization of saturated hydrocarbons proceeds via a
succession of steps between the two functions. It
involves dehydrogenation to an olefin on platinum sites,

followed by desorption and subsequent diffusion through
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the gas phase to acidic sites, where the isomerization
step takes place, then the isomerized olefin can diffuse
through the gas phase to a platinum site, where it

undergoes hydrogenation to form the final product.

(iv) Dehydrocyclization takes place only on bifunctional
catalysts where sites of the two functions exist in
close proximity [64]. It proceeds via formation of an
olefin, followed by migration to an acidic site by sur-
face diffusion or interaction with an acidic site in
very close proximity to the platinum [65], and then
cyclization takes place on acidic centers. The reaction
is completed with conversion to benzene via gas phase

intermediates and dehydrogenation on metal sites.

Interrelation of Metal and Acidic Centers

Generally speaking, platinum sites and acidic sites act indepen-
dently. Weisz and Swegler [66] and Hindin [67] have shown that mechani-
cal mixtures in which the dehydrogenation and acidic functions were
present on separate particles were active for isomerization or dehydro-
isomerization of saturated hydrocarbons, provided the catalyst particles
were small enough. The independence of two functional sites means that
the reactions catalyzed can proceed via gas phase intermediates, which
diffuse from one type of site to the other.

The dehydrocyclization reaction does not proceed via gas phase
intermediates. According to the description in the last section, it
involves a surface migration step from a metal site to a neighboring
acldic site. The occurrence of dehydrocyclization thus requires the

presence of a platinum-acid co-site, or complex. The density of this

postulated co-site should in principle depend upon the detailed site
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distributions of both functions, the geometric structure of the catalyst,
the surface diffusion mechanism, and the mobility of an adsorbed species
on a heterogeneous surface. However, due to the lack of information for
the above items, in this work the platinum-alumina co-site density is
approximated by the product of platinum and alumina site densities.

‘This co-site acts as a third type of catalytic site in addition to the
platinum and alumina sites. Therefore, a bifunctional catalyst may

indeed involve more than two types of catalytic sites.

Thermodynamic Considerations

The thermodynamics of the more important reactions in naphtha
reforming can be discussed conveniently by referring to the equilibria
involved in the various interconversions among the existing hydrocar-
bons. Some thermodynamic equilibrium constants and heats of reaction
at 500°C are given in Table 1. The equilibrium between methylcyclo-
pentane and cyclohexane favors the former, indicating that the five-
membered ring structure is more stable than the six-membered ring. In
the case of the equilibria between n-hexane and methylpentanes, it can
be seen that the 2-methylpentane is the favored isomer over
3-methylpentane. On the other hand, a strong kinetic barrier resists
the transformation of a singly branched to doubly branched isomer [31],
which prevents the further isomerization to dimethylparaffins. The
equilibria of isomerization reactions are much less temperature sensi-
tive than those of dehydrogenation reactions, since the heats of
reaction are quite small.

The dehydrogenation and dehydrocyclization to aromatics is seen

to be strongly endothermic, so that increasing temperature has a marked
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TABLE 1

THERMODYNAMIC DATA FOR TYPICAL REFORMING REACTIONS*

Reaction K at 500°C Kcal/giole
Cyclohexane > benzene + 3H2 6 X 105 52.8
Methylcyclohexane > toluene + 3H2 2 X lO6 =53
Methylcyclopentane > cyclohexane 0.086 -3.8
n-Hexane > benzene + 4H2 0.78 x lO5 63.6
n-Hexane > 2-methylpentane 1l -1.4
n-Hexane > 3-methylpentane 0.76 -1.1
n-Pentane > iso-pentane 2.0 ~-1.8
n-Hexane > 1l-hexene + H 0.037 31.0

2

*
Data from Rossini et al. [62]
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effect on improving the extent of conversion. Hydrogen partial pres-
sure obviously has a marked effect on the extent of formation of
aromatics too, and from the viewpoint of equilibrium alone, it is
advantageous to operate at as high a temperature and as low a hydrogen
partial pressure as possible to maximize the yield of aromatics. How-
ever, catalyst deactivation due to formation of carbonaceous residues
on the surface and catalyst thermal damage due to high temperature or
hot spots impose a practical lower limit on the hydrogen partial pres-
sure and an upper limit on the operating temperature.

The dehydrogenation of paraffins to olefins, which occurs only
to a small extent, is of importance from the viewpoint of the reaction
path. The thermodynamics of olefin formation can play an important
role in determining the rates of these reactions which proceed via
olefin intermediates, since it sets an upper limit on the attainable

concentration of olefins.

Characterization of the Overall Reaction Schemes

The overall reaction schemes for C7 and C6 hydrocarbons are pre-

sented schematically in Figures 1 and 2. The type of active sites
which catalyzes each individual reaction is indicated, along with the

corresponding rate constant. Here 81 stands for the dimensionless

site density of platinum and s stands for that of alumina.

2
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4. CATALYST DEACTIVATION IN NAPHTHA REFORMING

Literature Review of Catalyst Deactivation

Because of its great importance, the deactivation of catalyst
pellets in fixed bed reactors has been studied widely both experimen-
tally and theoretically. Many models have been proposed to describe
the phenomena of catalyst deactivation. The early approaches tended to
concentrate on empirical correlations and these are still favored as
first approximations in industrial work. Wheeler [68] has proposed an
important model of catalyst deactivation based on the increase in dif-
fusional resistance as deposits accumulate in catalyst pores. A second
important approach is that of Froment and Bischoff [69] who have devel-
oped a model based on the amount of coke deposited on the catalyst due
to reaction. The third and best known model describes catalyst
deactivation by competitive adsorption of reactant and poison molecules
on active sites. The theory of Langmuir-Hinshelwood type of poison
adsorption was fully described by Laidler [70], and its mechanism and
kinetics were recently studied by Tan [71] and Forni et al. [72].

Chu [73] has also used a Langmuir-Hinshelwood kinetic model to study
the effect of adsorption on three types of catalyst fouling, i.e.,
series, parallel, and independent.

Wheeler [74] extended Thiele's work [75] on pore diffusion to in-
clude nonuniform poisoning in the Langmuir-Hinshelwood model, and dis-
cussed the effects of catalyst poisoning on reaction rates. He distin-
guished between those cases in which activity was linearly related to the
fraction of active sites or surface poisoned and those in which poisoning

of a small fraction of sites resulted in a large decrease in activity.
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These two situations were termed nonselective and selective poisoning,
respectively. Recently Carberry and co-workers [76,77] have used the
"shell-progressive rate mechanism" to describe the deactivation charac-
teristics of pore-mouth poisoned catalysts. This approach showed the
time-dependent effect of pore-mouth poisoning on the activity of
catalysts. The effects of the "pore-mouth poisoning'" on the overall
reaction rate and catalyst selectivity were discussed by Petersen [78]
and Sada et al. [79]. An experimental technique has been developed to
differentiate between uniform poisoning and pre-mouth poisoning for a
first-order reaction by Balder and Petersen [80].

As to the effects of poisoning in fixed bed reactors, Wheeler
and Robell [81] recently combined much of the previous theory to des-
cribe activity decline in a fixed bed reactor with poison in the feed.
Haynes [82] extended their model to include the case of transport
limitation. Froment and co-workers [83,84] have studied the unsteady
state behavior of a fixed catalytic reactor by coupling the rate equa-
tion for the formation of the catalyst fouling compound to the material
balance of the main reaction. The expressions derived by Froment and
Bischoff were used by Massamune and Smith [85] to evaluate the perform-
ance of a pellet in terms of the effectiveness factor which is a func-
tion of time and Thiele modulus. Using the same procedure as above,
Sagara et al. [86] extended the study to evaluate the effects of non-
isothermal operation of catalysts on deactivation. Weekman [87]
studied the dynamics of catalytic cracking in fixed bed, moving bed,
and fluidized bed reactors. Olson [88] and Kunugita et al. [89]

evaluated the performance of fixed bed reactors with catalyst fouling.
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Bischoff [90] obtained a general solution of equations representing
the catalyst regeneration process in poisoned fixed beds, and Ozawa

[91,92] applied the Legendre transformation to describe the above

phenomena.

Deactivation of the Acidic Component

It is well known that when hydrocarbons are dehydrogenated over
an oxide catalyst a hydrogen deficient carbonaceous residue is deposited
upon the catalyst surface resulting in a decrease in catalyst activity.
This phenomenon is called coking or fouling. Fouled catalysts may be
regenerated by burning off the carbonaceous substance, usually with
air.

According to Thomas [38] the coke tends to form primarily on the
acidic alumina. It has been reported [73,83,87] that coking leads to a
linear decrease of alumina activity with respect to the prevailing
activity and an exponential decay of activity with respect to catalyst
on-stream time. Therefore, the following simplest form of first order
deactivation is adopted for alumina activity:

Efz—= - k,,s, exp(~-
dt 4287 exP(-Ey,/RT) (4.1)

A more general deactivation model should include the role of
concentration variables. However, just which concentration terms should
be included is open to question due to the fact that the exact chemical
constituents of coke and the detailed coking mechanism are still
unknown. Nevertheless, based on the following limited experimental

information, a simplified mechanism for coke formation is postulated
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in this work.

It is widely accepted that coke is formed via polymerization.
As suggested by Peri [93], Hall and co-workers [94,95], and Ozaki [96]
it is possible that coke is a polymeric carbonium ion formed by reac-
tion of an olefin with a Brgnsted acidic site. This theory has been
recently supported experimentally by Leftin and Hermana [97] and
Hightower [98]. As to the coking precursor, according to Hightower and
Emmett [99], olefins are by far the most active compounds in forming
coke. Aromatics appear to be second in coke-forming activity with an
average magnitude ten times less than that of olefins. They claimed
that most of the coke appears to be formed not by alkylation of benzene
or toluene into condensed polycyclic compounds, but rather by polymeri-
zation of straight olefinic species.

As an illustration, the following simplified coking mechanism

is postulated for a system of C7 hydrocarbons:

(1) Dehydrogenation of n-paraffin to olefin
S1ka
e C,H,, + H, (4.2)

(ii) Formation of carbonium ion due to the transfer of a

proton from acidic site

S
o W Y
— [C;H,
s,k

(1ii) Irreversible polymerization of carbonium ion on alumina

CH , + [H] ] (4.3)

71

site with olefin from gas phase to form coke
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s .k
—2c

(4.4)
14

]+ ¢€ H [C

[C7 15 29]

where the brackets refer to species on the surface. The product
[C14 29], an unsaturated polymeric carbonium ion deposited on the

active alumina surface, is a coking substance . Denote the concentra-

tions of C.H 0.H [C

1oygr Collyre [c

15] 14 29]’ and M, By €5 0.5 By €.

and cy - Assuming that the linear velocity does not vary along the

tubular reactor, material balances can be set up under the usual

assumptions as follows:

i AR o

X it (kac2 kacac7)sl (4.5)
dca

L e (k c, kacac7)sl kb kbcb)s k € CSy (4.6)
dcb

L3 el kb kbc )s k €,%,8) (4.7)
dcc

ug— =kepes, (4.8)

Here the rate constants ka’k: relate to the thermodynamic equilibrium

constant of reaction (i), Ka s, by

ka pO
—_—— = K — (4'9)
*
kac7 " pH2

where P, = 1 atm 1is the standard pressure and Py is the partial

2
pressure of hydrogen.

Since around the temperature of interest Ka is very small,

e.g., at 600°K Ka = 0.45% 10—6, for any reasonable Py

2
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k, << k2c7 (4.10)

Given this relative magnitude of rate constants and the irreversibility
of step (4.4), steady state approximations on olefin and its corres-

ponding carbonium ion is justified, and thus

0
|

O k;SZCb/(kaZ_ chZCb) (4.11)

0
Il

p = [(fegs i+ Igsye, - kcysy 1/ (kfs)= ksyc.) (4.12)

If it is assumed that formation of the carbonium ion, i.e., step (4.3)

is rate determining, then
* *
kbsz, kbs2 << kcsz, kasl’ kasl (4.13)

The solution of Eqs. (4.11), (4.12) can be simplified upon utilization

of the inequalities (4.10) and (4.13) as

Mg k2c2 = e, = k302 (4.14)

where

I % ! %, %
k2 ka/kac7 5 k3 kakb/(kakbc7) (4.15)

Therefore, the reaction rate of coke formation can be obtained from

Eq. (4.8) as

t ='ks.c (4.16)

where

~

kc = kck2k3 = kco exp(-Edz/RT) (4:17)

and the deactivation of the alumina site density due to coke formation

has the form
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ds, 2
oot kd232c2 exp(—EdZ/RT) (4.18)
where kd2 is proportional to kco -

Based on this deactivation model the coke formation reaction can
be represented schematically by

s, k'
2°d2 9

2 n-c, coke (4.19)

where

' = -
o kd2 exp( Ed2/RT) (4.20)

In this work both the simplest model of Eq. (4.1) and the more
general one of Eq. (4.18) are used to represent the deactivation of
alumina due to coking. However, it should be noted that so far only
the nonselective type of coke formation (i.e., uniform poisoning) has
been considered. This involves uniform deposition of coke throughout
the pellet, so that sites at the center of the pellet are exposed to
the same conditions of coking as those at the surface. This kind of
poisoning is expected to prevail in the naphtha reforming process,
because of the low reaction rate of coking. For the more complicated
pore-mouth poisoning, the rates of the main reactions catalyzed by

alumina sites should be modified as discussed in Appendix A.

Deactivation of the Metal Component

The hydrogenation-dehydrogenation activity of the metal compon-
ent of a bifunctional catalyst relates directly to its adsorptive
capacity, which is usually characterized by the macroscopic average

hydrogen-to-platinum atomic ratio obtained from hydrogen chemisorption
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experiments. Since the hydrogen-to-platinum ratio is proportional to
the specific surface area of platinum [100,101], the platinum activity
relates directly to its specific area. On this basis, a deactivation
model for platinum activity can be expressed by the reduction of the
specific area of platinum.

As the temperature of the reforming process is high (900“}950°F)
and the size of the platinum crystallites is small (" 10 angstroms
initially), platinum particles diffuse along the catalyst surface and
collide with each other. Due to the metallurgic behavior of platinum,
two colliding particles tend to change the shape of their collision
boundaries and coalesce together like two liquid drops [102]. This
phenomenon is called sintering. As a result of sintering, the average
size of platinum particles grows and the specific surface area
decreases.

A large number of studies on sintering phenomena have been
reported in the literature. They deal primarily with the process of
coalescence for particles of large size. However, in naphtha reforming
the size of platinum particles remains small (< 200 angstrom) during
the period between two successive catalyst regenerations. The process
of coalescence for particles of such a small size is accomplished
almost instantaneously compared to that of surface migration, according
to Herrmamn et al. [103] and Duwez [104]. Therefore, the rate deter-
mining process for surface reduction is surface migration. The velocity
of the surface migration should in principle be determined by the size
of the particles, the net microforces acting upon them, and the induced

solid phase viscous drag, for which no exact theory has been available.
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Therefore, in this work the following empirical platinum deactivation

model reported by Hermann et al. [105] is adopted:

ds1

— 2 —
;;— = - kdlsl exp ( Edl/RT) Ch21)

The above equation states that the rate of decrease in platinum
chemisorptive capacity is second-order with respect to the prevailing
chemisorptive capacity. It should also be noted that platinum activity
declines very slowly compared to the acidic activity in naphtha
reforming. For practical purposes, platinum activity can usually be

approximated as a constant between two successive catalyst regenerations.



=

5. MODELING OF NAPHTHA REFORMI<ns1:XMLFault xmlns:ns1="http://cxf.apache.org/bindings/xformat"><ns1:faultstring xmlns:ns1="http://cxf.apache.org/bindings/xformat">java.lang.OutOfMemoryError: Java heap space</ns1:faultstring></ns1:XMLFault>